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Introduction
Iron ores have been reduced in the solid state in a variety of reactors such as retorts, shaft furnaces, rotary kilns and fluidized beds to produce Direct Reduced Iron (DRI) [1] . By and large, these processes are based on the use of lump ores or pellets, with exceptions like the Höganäs process and fluidized bed processes [1, 2] . The reducing agent used is either a reducing gas or coal. DRI is primarily used as a substitute for scrap in steelmaking.
Focus on the processing of low cost iron ore fines has increased significantly during the last three decades especially with the pilot scale development of the smelting reduction processes for the production of liquid iron [3] [4] [5] [6] . In these processes, iron ore is partially reduced at relatively low temperatures in the first stage and the reduction is completed followed by melting in the final stage at a much higher temperature. The plasmasmelt process [3] envisages the gaseous prereduction of iron ore fines in a series of bubbling fluidized beds at about 800 jC and final reduction and melting in a low shaft reactor equipped with plasma guns. Even in the Kawasaki process [4] for hot metal production, prereduction is carried out in bubbling fluidized beds and final reduction and melting in a reactor where coal is gasified to CO to meet the needs of energy and reduction. In the ELRED process [5, 6] , prereduction of iron ore fines is carried out in a circulating fluidized bed reactor (CFB) with coal as the reducing agent at 950 to 1000 jC and the partially reduced material enters a DC-arc furnace for final reduction and melting.
The two-stage reduction concept has also been used to develop processes to produce DRI using iron ore fines. The Circored and Circofer processes [7 -9] use a CFB for prereduction up to 70% (short residence time) and a bubbling fluidized bed reactor for final reduction (long residence time). The Circored process uses hydrogen as the only reducing agent while Circofer is a coal-based process.
Although the above-mentioned processes have not been commercialized so far, a breakthrough for such processes based on iron ore fines is a distinct possibility in the near future, as the economic and environmental advantages are gaining ground quickly compared to the conventional methods of ironmaking [10, 11] . Further, the concept of two-stage processing in different reactors offers interesting possibilities for modeling and optimization. In this connection, the gaseous reduction of iron ores in bubbling fluidized beds was analyzed in an earlier study [12] . In this work, a theoretical analysis of the reduction of iron oxides by carbon in a CFB is considered.
Circulating fluidized bed reactors
During the last 20 years, interest in fluidization regimes other than the conventional bubbling bed has grown steadily 0032-5910/02/$ -see front matter D 2002 Elsevier Science B.V. All rights reserved. PII: S 0 0 3 2 -5 9 1 0 ( 0 1 ) 0 0 4 8 4 -3 [13, 14] . The advantages of high velocity fluidization over bubbling fluidization are now well recognised. Circulating fluidized bed reactors employing high superficial gas velocities are now used for industrial applications such as calcination of alumina, prereduction of iron ores, coal gasification etc. [15, 16] . However, a complete understanding of high velocity fluidization is still lacking at present unlike that for bubbling fluidization.
The circulating fluidized bed reactor with its attractive features has been found suitable for a wide range of gassolid reactions. In the fast fluidizing condition, the gassolid contacting efficiency is higher relative to a bubbling fluidized bed reactor. In addition, the CFB reactor offers good heat transfer characteristics and thermal control. The gas is approximately in plug flow and the solids are in a well mixed condition. The recycling of solids leads to better mixing among the solids.
Grace et al. [17] have presented design and operating data for a laboratory CFB reactor used for the combustion of solid and liquid fuels. Their studies were aimed at relating reaction characteristics to reactor hydrodynamics and transfer processes. They have reported heat transfer data, temperature and pressure profiles for typical coal combustion. They observed that during combustion, the temperature rises slowly in the main reactor. A slight decrease in temperature is associated with the return leg of the reactor, as expected. No radical change in the bed hydrodynamics was observed with increase in operating temperature. The authors point out that radial mixing in the gas phase may be slow if the gas inlet ports are only few.
Dry et al. [18] studied the gas -solids contact efficiency in high velocity fluidized beds using a laboratory reactor ( f 9 cm diameter, 2 to 8 m/s gas velocity and a solids recirculation rate of up to 200 kg/m 2 s). They observed that the gas -solids contact is almost complete at a gas velocity of 2 m/s for solids recirculation rates exceeding 100 kg/m 2 s. They noted that the contact efficiencies could be significantly less than 100% at very high gas velocities.
Basu et al. [19] have examined the burning rates of coarse carbon particles ( > 1 mm) in a circulating fluidized bed of fine solids (sand particles). Their results from a 10cm diameter fast bed indicates that the overall burning rates for carbon particles as large as 3 to 5 mm in diameter lie close to the kinetic limit. This suggests a very high rate of mass transfer to coarse particles distributed in a fast bed of fine solids.
Grace [20] has pointed out that the understanding of heat transfer from circulating beds is at an early stage. Based on available data, he has estimated that the surface to suspension heat transfer coefficient is likely to be about 150 to 250 W/m 2 K. The particle convective component is of major importance. Radiation assumes importance at high temperatures and dilute suspensions. Grace has shown that particles injected into a circulating bed adjust to the suspension temperature in a single pass. Intraparticle temperature gradients are likely to be minor under normal operating con-ditions. Further, Grace has shown that gas introduced at one temperature quickly attains the bulk particle temperature within a relatively short distance. Hence, the bed tends to be nearly isothermal except for shallow regions near the inlet ports and individual reacting particles. Strömberg [21] has clearly demonstrated the uniformity of temperature in a fast bed for a CFB combustor.
In order to determine the heat transfer coefficient when voids are in contact with the wall, Subbarao and Basu [22] suggested a model based on the packet theory of Mickley and Fairbanks [23] and considered transient conduction of heat to the semi-infinite void space between the clusters. The cluster renewal theory leads to the prediction of low values of the heat transfer coefficient relative to experimentally obtained data [24] . It is clear that in between contacts with two successive clusters, the wall is in contact with a dilute phase flowing upwards, with a continuously developing boundary layer on the wall. Basu and Nag [25] have modified the model by including a contact resistance at the wall due to the build up of a gas film whose thickness is proportional to the particle diameter. Model predictions appear to be in good agreement with observed wall heat transfer data.
The hydrodynamic behaviour of fast fluidized beds has been studied by several workers. Li and Kwauk [26] have proposed a mathematical model to describe the axial voidage profiles under fast fluidization conditions. The model assumes the presence of clusters in a dense phase at the bottom of the bed. These clusters are projected upward into a relatively dilute phase and eventually fall back due to buoyancy forces. The model results in an S-shaped curve for the voidage profile in the bed, with the voidage tending to limiting values in the dense and dilute phase regions of the bed.
Rhodes and Geldart [27, 28] have proposed a model for the hydrodynamics of circulating fluidized beds. The authors have combined existing entrainment and bed expansion correlations with a pressure balance for the system. Model predictions show qualitative agreement with experimental data for a Group A powder over a wide range of gas velocities and solid recirculation rates.
While several applications have been developed for carrying out gas -solid reactions in CFB reactors, very few attempts have been made to model such reactions. Weiss et al. [29] have proposed a model for describing CFB reactors. It is based on a simulation method for conventional bubbling fluidized beds. The reactor, cyclone and heat exchanger are considered as individual compartments (cells) arranged one above the other. The cell model assumes backmixing of solids and neglects the effect of bubbles, clouds and clusters. The wall temperature is considered to be constant in each cell. The authors have applied the model to data on the thermal decomposition of sodium bicarbonate in a laboratory circulating fluidized bed. A good agreement was observed between predicted conversions and experimental data. The authors also report successful application of the model to pilot plant data on the combustion of coal in a CFB reactor.
This paper considers the the development of a theoretical approach to the partial reduction of iron ore fines by carbon in a CFB reactor. The conditions in the reactor are assumed to correspond approximately to those in the prereduction stage of the Circofer [7] [8] [9] or Elred [5, 6] process. During prereduction, iron ore is reduced to about 50% to 60% in the presence of excess carbon, which prevents sticking in the bed. Reducing gases are generated in situ by oxidizing carbon with a controlled supply of air. The gases leaving the CFB reactor are cooled, cleaned and partially reused as the fluidizing gas. Kinetic and hydrodynamic factors in the CFB reactor are considered in the development of the model. Fig. 1 shows a schematic diagram of the CFB reactor as envisaged. It essentially consists of a main column in which the iron ore -coal mixture is fluidized at high velocity and a return column in which the entrained solids from the main column are collected via a cyclone. Solids from the return column are recirculated to the bottom of the bed in the main column through a control valve. Fast bed conditions prevail in the main column and the solids in the return column constitute the slow bed. Solids are continuously fed in at the top of the reactor and enter the slow bed through the cyclone. During this descent, the solids get preheated by the rising gases. Partial reduction of the higher oxides of iron also takes place. As a first approximation, the starting material in the ore feed is assumed to be wüstite.
Theoretical approach
For purposes of analysis, iron oxide and coal particles of specified characteristics (composition, size distribution, porosity and reactivity) are considered to be fast fluidized in the main column by a hot gas stream (N 2 -CO-CO-H 2 -H 2 O). The gas is considered to be in plug flow and the solids are assumed to be well mixed. Further, it is assumed that oxygen from the air injected is consumed instantaneously due to fast oxidation reactions and the gas phase contains negligible free oxygen.
Reaction scheme
The reactions associated with the reduction of wüstite to iron can be written as:
Reaction (1) is significant only at low pressures [30] . Gaseous reduction reactions (2) and (3) predominate at ordinary pressures and reduction proceeds through gaseous intermediates. The regeneration of CO and H 2 takes place through reactions (4) and (5) . Of the gasification reactions (4) -(6), reaction (4) is the slowest and could be rate limiting in the temperature interval 1075 to 1275 K.
Reduction of iron oxide by CO and H 2
Several general models have been proposed in the literature for describing the kinetics of gas -solid reactions [31, 32] . In this work, for simplicity, it is assumed that the shrinking core model [33] describes adequately the reduction behaviour of iron oxide particles. The following steps are envisaged in the overall reduction reaction. (a) Mass transfer across the gaseous boundary layer surrounding the particle (b) Diffusion of gases through the porous product layer (c) Chemical reaction between the reactant gas and the unreduced oxide at the reaction interface.
The above scheme considers a single reaction interface which is consistent with the step-wise reduction of iron oxides. This type of reduction behaviour has been observed in practice especially for fine iron oxide particles.
In the general case, the reduction reaction will be under mixed control kinetics if the transport as well as the chemical reaction steps are important. Assuming first order reversible kinetics for the chemical reaction, the rate of oxygen removal from a dense and spherical iron oxide particle can be written as:
where the indices (A) and (B) refer to the reducing gas (A) and the product gas (B).
Using Eq. (1), the rate of advance of the reaction front can be written as:
and C 0 is the initial molar density of oxygen in the particle. For the case of reduction by a mixture of gases like CO and H 2 , Eq. (10) can be suitably modified to include both contributions as follows:
The rate of movement of the reaction front can be related to the rate of change of fractional removable oxygen in the particle at any given time by the equation
Gasification of carbon
In a gas stream comprising of O 2 , CO, CO 2 , H 2 and H 2 O, gasification of carbon can take place through several reactions. These include: C -O 2 , C-H 2 O, C -CO 2 , C-H 2 reactions. These reactions have been studied extensively [34] and it is generally accepted that the carbon -oxygen reaction proceeds very fast relative to the other reactions. On the other hand, the carbon -hydrogen reaction resulting in the formation of methane is very slow and can be neglected. Hence, assuming that the carbon -oxygen reaction goes to completion, carbon gasification can be adequately described by taking into account the carbon -steam reaction and the carbon -carbondioxide (Boudouard) reaction.
According to Ergun [35] , an oxygen exchange reaction takes place on the surface of carbon immediately on exposure to CO 2 or H 2 O. The surface reactions can be written as:
where C f is a free reaction site on the carbon surface and C(O) represents an occupied reaction site where an oxygen atom is adsorbed.
Reactions (14) and (15) are quite fast and proceed to equilibrium [35, 36] . The rate limiting step in the gasification reaction is the desorption of CO(g) from an occupied reaction site, which can be written as:
Based on the above mechanism, the carbon gasification rate in the presence of CO and CO 2 only can be expressed as
where k ct is a rate constant characterisic of the type of carbon, Similarly, in the presence of a gas mixture containing only H 2 and H 2 O, the rate of carbon gasification can be written as:
where k ct V is the characteristic rate constant,
In a CO -CO 2 -H 2 -H 2 O gas stream, the total gasification rate can be approximately expressed as [37] :
It has been observed that the carbon -steam reaction is about three times faster relative to the carbon -carbondioxide reaction at about 800 jC [34] . However, the temperature dependence of the two reaction rates have been found to be similar.
Reactor modelling
It is well known that the main column (fast bed) and the return column (slow bed) of the CFB reactor are associated with widely different hydrodynamic conditions. The fast bed is associated with high gas velocities, low concentration of solids and well mixed solids. Excellent mass transfer characteristics and near isothermal conditions prevail. On the other hand, approximately packed bed conditions exist in the slow bed and there is a temperature gradient across the bed. Reactions proceed to different extents in each reactor column and the overall conversion of solids is determined by the residence time of solid particles in the two legs of the reactor. It is therefore convenient to model the reactor in two stages taking into account the relevant kinetic and hydrodynamic factors in each stage. This approach has been taken in the present work.
The fast bed
The model envisages fine iron oxide particles and relatively coarser coal char particles to be well mixed under isothermal conditions in the fast bed. Segregation in the bed is neglected. Water gas equilibrium is assumed to prevail in the gas phase which is considered to be in plug flow.
In general, when a mixture of solids is fluidized, the minimum fluidization velocity of one specie will be lower than the other. Several correlations have been proposed in the literature for calculating the U mf of mixtures. One of the successful equations proposed is due to Cheung et al. [38] and is given below for a binary mixture.
where n = (x high ) 2 Although Eq. (20) was originally proposed for binary mixtures of equal density, Nienow and Chiba [39] have shown that the equation can be extended to multicomponent systems and can also be applied to mixtures with a density difference if there is no strong segregation tendency. In flotsam-rich systems (as in the present case), it has been reported that there is uniform mixing in the bed as the gas velocity is increased well beyond the minimum fluidization velocity for the mixture.
The variation of U mf with the imposed flux of solids (G ) can be estimated using the following equation.
where n = (x high ) 2 .
In order to calculate the voidage profile in the fast bed, the method of Rhodes and Geldart [27] , based on the entrainment of solids, has been adopted. They assumed that the fast bed contains a region of dense-phase transport followed by a region of dilute phase transport. The position of the dilute-phase/dense-phase interface is determined in such a way that the entrainment flux at the reactor outlet is equal to the imposed solids circulation flux. The relevant equations are given below.
The variation of the entrainment flux (E ) over a fluidized bed is given by the equation [40] ,
where h refers to the height above the bed and a is a constant. At the reactor outlet (h = h*),
Wen and Chen [40] have suggested the following correlations for E 0 and E l , the entrainment fluxes at the bed surface and above the transport disengaging height.
where d b is the bubble diameter at the surface of the bubbling bed (dense phase) and is given by the relationship [41] :
where h bed = h fb À h*.
and k is calculated from: Assuming that the slip velocity is equal to the single particle terminal velocity, Rhodes and Geldart [27] have derived the following equation:
With a knowledge of U 0 , q s and U t , the vertical voidage profile can be calculated using the above equation for a given entrainment flux. The mass of solids in the dilute phase of the bed can be calculated from:
Treating the dense phase region in the fast bed as a bubbling fluidized bed, we can write:
where: d = bubble fraction in the dense phase = (U 0 À G/ q s À U mf )/U b ; e e = voidage in the emulsion phase c e mf ; e b = voidage in the bubble phase c 1. The bubble velocity is given by,
The mass of the dense phase can now be written as:
Neglecting wall friction effects, the total pressure loss in the fast bed can be expressed as:
A pressure balance for the reactor gives:
With a knowledge of the pressure drop in the cyclone and the circulation valve, the required pressure drop in the slow bed can be obtained from Eqs. (32) and (33) .
The general mass balance equation for the gaseous species can be written as
where ṙ g,i is the net rate of generation of ith gaseous species per unit bed volume. For the various species, the net rate of generation is given bẏ
r g,CO 2 ¼ṙ ½2 Àṙ ½4 ð36Þ r g,H 2 ¼ṙ ½5 Àṙ ½3 ð37Þ
where ṙ [i] is the rate of ith reaction per unit bed volume. The variation of pressure as a function of bed height can be expressed as d dz
It is well known that the gas phase quickly attains the temperature of the solids at the bottom of the bed [20] . Ignoring heat losses, the variation of solids temperature in the axial direction is given by
The above system of equations can be solved numerically to obtain axial profiles of degree of reduction, gas composition, etc. in the fast bed.
The slow bed
The circulating bed of material leaving the fast bed passes through a cyclone and is collected in the return leg of the reactor which is called the slow bed. Packed bed conditions exist in the slow bed and there is a countercurrent flow of gases generated inside the bed. The upward gas stream leaving the reactor heats up the incoming iron ore feed and also partially reduces it. As a first approximation, the model assumes that the iron ore particles in the feed that enter the slow bed are wüstite particles.
The mass and height of the slow bed are given by
The downward velocity of solids can be expressed as:
Assuming a linear variation of pressure in the bed,
Temperature variations in the bed can be described for the solid species by:
and for the gaseous species by:
Solution of equations
The system of equations presented in the preceding section forms the basis of the analysis of reduction in the CFB reactor. The equations representing various phenomena can be solved using the following scheme. (i) For a given entrainment flux, the minimum fluidization velocity of the mixture of solids in the fast bed is calculated (Eqs. (20) and (21)). Then, using Eqs. (22) - (27) , the vertical voidage profile in the bed is determined for a specified gas velocity.
Calculation scheme
(ii) Mass of the dilute and dense phase regions of the bed are calculated using Eqs. (28) and (31) . The total pressure loss in the fast bed is estimated using Eq.
. Using estimates for the pressure drop in the cyclone and the circulation valve, the required pressure drop in the slow bed is calculated (Eq. (33) ). The dimensions of the slow bed can now be calculated. the temperature and composition of the charge at the top of the slow bed are taken to be the same as that for the material leaving the fast bed.
A finite gas flow rate is assumed at the bottom of the slow bed. The composition of the gas, its temperature and pressure are assumed to be the same as that for the fluidizing gas in the fast bed. The dimensions of the slow bed are determined using Eqs. (42) and (43) and the calculated value of the pressure drop from the previous section. Variations in composition and temperature of the solids/gases as well as the total pressure in the bed is determined as a function of bed height using Eqs. (12) , (13) , (19) , (45) - (47)).
An iterative scheme is employed for the above calculations so that we can obtain a self-consistent set of data defining the conditions in the fast and slow beds when steady state prevails in the reactor.
Under steady-state conditions, one can follow the path of oxide and carbon particles through the two legs of the reactor and the extent of reaction of the particles can be calculated. Depending on the residence time distribution for the particles, the extent of reaction will vary and average values can be associated with the prereduced product which is withdrawn continuously at a finite rate.
Plant data
Published data on the operation of the CFB for prereduction of iron ores is very limited. Table 1 shows the available prereduction pilot plant data for the ELRED process [6] . The data refer to the fast bed and it is seen that the concentration of solids decreases rapidly in the upper part of the reactor. There is also minimal temperature variation in the reactor. The degree of reduction in the charge is marginally higher at the top (63.7%) than at the bottom of the reactor (60.4%). The reported CO/CO 2 ratio is close to the equilibrium value for the reduction of wüstite by CO, in the whole bed. This indicates that under the reported conditions, the C -CO 2 reaction could be rate limiting. Increasing the temperature or the use of a more reactive coal could lower the CO/CO 2 ratios for increasing the driving force for the reduction reaction. The data reported is by no means complete for carrying out a proper simulation of the process. However, using the published data, two sets of base data are presented in Tables  2 and 3 , which have been used in the present calculations. Fig. 2 shows the variation of selected parameters in the fast bed as a function of gas velocity. Base data used for these calculations are given in Table 2 . In the lower regions of the fast bed, bed porosity is affected strongly by changes in gas velocity whereas in the upper regions, porosity approaches unity for the gas velocities considered in the calculations (Fig. 2a ). The velocity of solids are shown to approach the gas velocity in the upper regions of the fast bed (Fig. 2b) . It is interesting to note that calculated particle velocity in Fig. 2b exceeds the inlet gas velocity in the upper region. This behaviour may be attributed to the estimation of the elutriation flux using the present correlations.
Results and discussion
We have the local solids velocity = E h /[q s (1 À e h )]. Rhodes and Geldart [27] have pointed out that the solids fraction in the dilute phase tends to be underestimated and correlations better suited to the high gas velocities are needed to get over the problem.
In Fig. 2c , as expected, the pressure drop in the bed is larger at relatively lower gas velocities. Fig. 3 shows the variation of fraction oxygen in the fast bed and CO 2 /CO ratio in the gas phase. At higher gas velocities, the CO 2 /CO ratio is lower and the gas is more reducing (Fig. 3a) . But, the velocity of solids is higher and consequently the residence time for the particles in the fast bed is lower, which leads to lower reduction levels (Fig. 3a) . Equilibrium [35, 36, 42, 43] and kinetic data [35, 44, 45] used for these calculations are given in Tables 4 and 5 .
In Figs. 2 and 3 , the feed and discharge rates have been held constant so that the variation of several parameters, including the degree of reduction could be studied as a function of gas velocity. However, in a process simulation, it is important to think about adjustments in feed and discharge rates in order to achieve the same degree of reduction in the product.
The variation of selected parameters in the slow bed is shown in Fig. 4 . Base data used for these calculations are given in Table 3 . Equilibrium and kinetic data used are presented in Tables 4 and 5 . Assuming no heat losses, a temperature gradient of about 25 K exists between the top Fig. 3 . Variation of fraction oxygen in the fast bed and CO 2 /CO in the gas phase. [35, 44, 45] . b e h is the initial porosity in the hematite particle. e m , e w and e Fe correspond to the porosities in magnetite, wüstite and the iron layers. The tortuosity factors in the product layers have been taken to be equal to 2. and bottom of the slow bed (Fig. 4a ). The variation of CO 2 / CO in the bed is shown as a function of bed height in Fig.  4b . Purely reducing gas entering at the bottom of the bed has a low CO 2 /CO ratio. As the gas ascends, the reduction and gasification reactions, the ratio increases and attains a steady value very quickly, at 10% of the total bed height.
The decrease in fractional oxygen in the bed and in an isolated wüstite particle during its first passage through the slow bed is shown in Fig. 4c . The change in fraction oxygen is numerically small, but significant. Fig. 4d shows the variation of gas flow in the bed. The gas flow increases from the finite assumed value of 0.1Á10 À 4 to about 0.13Á10 À 2 mol m À 2 s À 1 at the top of the bed.
As mentioned earlier, it has been assumed in this work that the iron ore particles, fed into the CFB reactor through the cyclone, correspond to wüstite. Fig. 5 shows the passage of such a wüstite particle through the slow and fast beds of the circulating fluidized bed reactor and how its oxygen content decreases during its transit. From the figure, it is seen that the oxide particle has to pass through the slow and fast beds about six times before the oxygen content is reduced by 40%. When the CFB reactor is used for the prereduction of iron ores, a reduction level of about 50% to 60% (from hematite) is desired. This would correspond to fraction oxygen in the wüstite in the range 0.75 to 0.6. Thus, under the reactor conditions considered, a freshly introduced iron oxide particle has to circulate in the reactor five to six times for the reduction level to approach 60%.
Summary
The reduction of iron oxides by carbon in a circulating fluidized bed reactor has been studied. A theoretical analysis has been made which takes into account the fast fluidization of iron oxide and coal particles in the main column by a hot stream of reducing gases. Kinetic and hydrodynamic factors in the reactor are considered and the rate of iron oxide reduction as well as gasification rates for carbon have been calculated.
Using reported base data, the temperature and composition profiles in the charge as well as the gas phase have been calculated using the model, both in the main as well as return columns. Under these conditions, the passage of a freshly introduced iron oxide particle through the CFB reactor has been simulated. Calculations have shown that the oxide particle needs to pass through the fast and slow beds five to six times before a reduction level of about 60% can be achieved. 
